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Abstract 
Several problems and pitfalls in the use of laboratory reactors for the determination of the kinetics of ethene epoxidation over 
industrial silver on E-alumina catalyst are discussed. Also, commonly used methodologies for kinetic studies are dealt with because 
of the general nature of some problems. Some advice is given in choosing and using the appropriate reactor type. Further, a 
method is discussed to determine kinetics in a cooled tubular reactor without having to use heat transport relations. 
The activation and deactivation of the silver catalyst have been studied in a Berty-type reactor, in a novel internal recycle 
reactor and in a cooled tubular reactor. It was found necessary to activate the silver catalyst for approximately 170 reaction hours 
under reaction conditions to obtain a stable and reproducible catalyst activity. Thermal sintering was probably of importance in 
experiments at the maximum temperature of 543 K. Deliberate addition of small amounts of 1,2-dichloroethane resulted in rapid 
deactivation of the catalyst. The activity could be restored by addition of small amounts of ethane to the feed. Also, fluorine and 
silica have been shown to poison the catalyst. Differences in the behaviour of the catalyst in the three reactors may be attributed 
to the sensitivity of the catalyst towards tiny amounts of poisons present in the reactors and feed mixtures used. 
Keywords: Kinetic reactors; Selective oxidation of ethene; Activation; Deactivation 
1. Introduction 
Knowledge of the kinetics of the reactions occur- 
ring is an essential aspect in the design and the opera- 
tion of many reactors. Different types of laboratory 
reactors have been developed for the determination 
of the kinetics of solid-catalysed gas phase reactions, 
all with their specific advantages and disadvantages 
[l-6]. 
A typical example of such a reaction is the selective 
oxidation of ethene to ethene oxide, carried out indus- 
trially in a wall-cooled packed-bed reactor. This reac- 
tion is catalysed by silver on an alumina carrier. The 
most important side reaction is the highly exothermic, 
total combustion of ethene to carbon dioxide and wa- 
ter [7]. It is necessary to know precisely the kinetics of 
both reactions to describe the reactor selectivity and 
thermal behaviour accurately. 
* Corresponding author. 
In our laboratories we have studied the kinetics of 
the ethene epoxidation in specific reactors for deter- 
mining the reaction kinetics. Problems and pitfalls us- 
ing laboratory reactors for this particular reaction 
system will be dealt with. Some of the problems en- 
countered are of a general nature and in our opinion 
their importance is not always sufficiently recognized 
in the literature. Therefore we will start by discussing 
commonly used methods for the determination of ki- 
netics and will pay attention to issues found to be 
relevant for ethene epoxidation. In a different article 
[S], literature on ethene epoxidation is discussed and 
the obtained reaction rate expressions are given. 
2. Kinetic studies 
Reaction rates are determined in laboratory reactors 
at varying operating conditions to develop a suitable 
kinetic model. In the following we will distinguish 
several steps in the translation of kinetic experiments 
into adequate reaction rate expressions. This leads to 
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the formulation of demands to be imposed on kinetic 
experiments. Next, we will give a survey of available 
laboratory reactors and discuss them on the basis of the 
demands given. Further, a method is discussed which 
allows for translation of cooled tubular reactor data to 
kinetic data. 
2.1, Determination of kinetics 
The following steps can be distinguished in 
the determination of kinetic equations: 
(1) determination of reaction rates at varying operating 
conditions; 
(2) development of a mathematical model for the ki- 
netic reactor; 
(3) development of a number of possible reaction rate 
expressions; 
(4) determination of parameter values in a kinetic 
model on the basis of the experiments; 
(5) choice of the “best” kinetic model. 
In particular the influence of temperature and partial 
pressures of reactants and products on reaction rates is 
studied experimentally. Experimental design can be 
helpful to vary these parameters systematically and to 
reduce the required number of experiments. The kinetic 
reactor model must be simple for a convenient interpre- 
tation of the experiments. Reaction rate equations 
should be based on (quasi-) mechanistical principles, in 
which elementary steps of chemical adsorption, desorp- 
tion and reaction are distinguished and rate-determin- 
ing step is identified [5]. A large number of kinetic 
expressions based on possible reaction mechanisms 
should be tested for their ability to describe accurately 
the experimentally found reaction rates. Parameter val- 
ues in the kinetic expressions are obtained by fitting to 
the experimental data. The choice for a “best” kinetic 
rate expression can be made on the basis of the accu- 
racy of the fit of rival kinetic models. In practice this 
may be difficult because often kinetic expressions, based 
on different mechanisms, describe experimental data 
with more or less equal accuracy [9- 111. In addition no 
single, objective criterion is available to determine 
which model is best. 
The following demands must be imposed on kinetic 
experiments to obtain a correct and accurate descrip- 
tion of the rates as a function of the major operating 
variables. 
l Measured rates should not be disguised by internal 
or external mass and/or heat transport limitations 
[12,13]. 
l Flow patterns in the reactor should be known and be 
incorporated in the reactor model. 
l Studies in different reactors types should be compat- 
ible: homogeneous reactions, reactions influenced by 
the reactor construction material or poisoning of the 
catalyst should not take place. 
e Experiments must be done at relevant conditions 
because extrapolation of kinetic data may lead to 
large errors or deviations from real values [10.14]. 
l Kinetic experiments should be reproducible. 
l Effects of temperature, of primary reactants and of 
product inhibition should be determined separately 
in different experimental series [1.5]. 
l Sampling must be possible without disturbing the 
system. 
l Operation and maintenance of the equipment must 
be easy. 
In addition it is preferred that 
l the state of mixing in the kinetic reactor is known 
and like ideal plug flow or gradientless conditions, 
l the system is isothermal and isobaric, and 
l experimental design is possible. 
The influence of catalyst deactivation on the compat- 
ibility of different studies is not always recognized. 
Therefore we will make some remarks on this. Catalysts 
in industrial production plants are exposed to more or 
less constant reaction conditions during a life cycle. In 
laboratory reactors, on the contrary, reaction condi- 
tions are varied rapidly over broad ranges and may 
become so severe that deactivation is a serious problem. 
In addition, poisoning of the catalyst by construction 
materials can occur more easily, because the ratio of 
catalyst material to construction material is smaller for 
laboratory reactors. It should also be recognized that 
the distribution of poison over catalyst material may 
not be the same for each type of reactor: because of the 
flow pattern in for example an industrial fixed-bed 
reactor the poison will accumulate in the first part of 
the catalyst bed, while in an ideally mixed laboratory 
reactor the poison will be distributed uniformly over 
the bed. 
2.2. Laboratory reactors for the determimtion of 
kinetics 
Several laboratory reactor types have been devel- 
oped. The most important for the determination of the 
kinetics of solid catalysed reactions are briefly discussed 
here. 
In pulse reactors a sudden change in an operating 
parameter such as reactant concentration or feed tem- 
perature is made. The response of the catalyst to the 
pulse is measured. Sometimes also intermediates on a 
catalyst surface are identified. This method may be 
appropriate to determine the reaction mechanism but it 
does not give much quantitative information because 
continuously changing partial pressures over the length 
of the catalytic column and adsorption on the catalyst 
make interpretation of data difficult. 
In batch reactors ideal mixing is easy to achieve. The 
reactor is cheaper than a continuous reactor. It has a 
high flexibility in chemicals used, catalyst particle sizes 
Table 1 
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Comparison of different laboratory reactors for the determination of kinetics 
Reactor type Ease of Ease of Relevant Ease of Separate Ideal flow Remarks 
operation analysis conditions interpretation determination pattern 
of parameters 
Pulse + 0 - - 
Batch + - 0 0 
Differential 0 - + + 
Integral 0 t t - 
Recycle 0 t 0 + 
Tubular reactor” - 0 t 0 
t, good; 0, irrelevant or average; -, bad. 
B Interpretation with development method. 
and reaction times. Taking samples may constitute a 
problem if the amounts withdrawn influence the results 
obtained. The reactor is not suitable for fast reactions. 
Separation of the influence of individual factors is 
difficult, in particular of reaction kinetics and possible 
deactivation [ 161. 
Continuous differential reactors are run with short 
residence times so conversions are usually low and 
concentration and temperature gradients small. High 
analytical accuracies are required and plug flow must 
be ensured. 
In continuous integral reactors longer residence times 
are applied. Conversions are larger and concentration 
and temperature gradients in both axial as well as in 
radial direction are more pronounced. Accuracy re- 
quirements for chemical analysis are relaxed. Interpre- 
tation of data is more difficult and possibly inaccurate, 
because of less weli-defined conditions. Such reactors 
must be operated isothermally and in plug flow. 
Recycle reactors consist of a fixed catalyst bed over 
which the reaction mixture is recycled, either externally 
or internally. External recycling is necessary for highly 
exothermic rapid reactions and is combined with cool- 
ing or heating the recycle stream to maintain a constant 
temperature over the reactor and/or to protect recycle 
equipment. In internal recycle reactors the catalyst is 
for example placed in a basket [3], and the gas is 
circulated by an impeller over the catalyst bed. In Ref. 
[2] the catalyst was positioned on the wal1 of the 
reactor. The catalyst phase can also be rotated [1,6]. 
The fact that any conversion can be obtained and 
concentration and/or temperature gradients are absent 
at high recycle ratios, like in an ideal tank reactor, 
make this reactor an attractive tool for kinetic studies. 
Usually considerable amounts of products are 
present in a recycle reactor, so it is difficult to cover the 
entire range of relevant product concentrations. Experi- 
mental design cannot be applied a priori because the 
effect of a change in inlet conditions is not known until 
the kinetics has been determined. This problem is often 
- 
- 
t 
- 
0 Only qualitative information 
t High flexibility 
- Limited conversions 
0 Temperature and concentration 
gradients 
0 
+ 
+ Accuracy dependent on recycle ratio 
0 Measurement of temperature and 
concentration in bed 
underestimated. A possible solution deserving attention 
is to adjust the inlet conditions until the desired outlet 
concentration is achieved [ 171. This requires control of 
the mass flow to the reactor for each component inde- 
pendently and a method to vary the flows in such a way 
that eventually the desired outlet concentration is ob- 
tained. According to Ref. [15] this also requires addi- 
tion of products to the feed, otherwise systematically 
biased rate expressions may be obtained. 
The effect of a certain reaction product may be 
disguised because other products are also present in 
the reaction mixture. In Ref. [17] an attempt is made 
to avoid this by performing a series of kinetic experi- 
ments in a recycle reactor at different mass flow rates 
but at fixed inlet compositions. Concentrations will 
equal the inlet composition if the mass flow rate is 
infinitely large, so the reaction rate at inlet conditions 
can be obtained by extrapolation of the experimentally 
obtained values. The effect of one specific product can 
be studied in the absence of other products by addition 
of that particular product to the reactor feed. This 
method needs much experimental work for only one 
data point, and therefore a systematic and complete 
study of the influence of all components is hardly 
possible. 
The magnitude of the recycle ratio in the reactor is 
important to ensure the absence of temperature and/or 
concentration gradients. It is not always realized that a 
recycle ratio high enough to give perfect mixing be- 
haviour in tracer response experiments does not ensure 
perfect mixing under reacting conditions; see also Ap- 
pendix A. It is hardly possible to determine the recycle 
ratio directly [IO]. An indirect alternative is to check 
experimentally that no significant gradients are present. 
Differences between catalyst temperature and gas tem- 
perature indicate that the flow inside the catalyst bed is 
not high enough to prevent external heat transport 
resistances while a difference between temperature at 
inlet and outlet indicates that mixing in the reactor is 
not ideal. 
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The various aspects of kinetic reactors are summa- 
rized in Table 1. A simultaneous use of two or more 
different kinetic reactors may be advantageous in 
many cases, because experiments can be executed in 
different operating regimes and also reaction rates ob- 
tained in experiments in different reactor types at the 
same conditions can be compared. If the rates are not 
equal, falsification of data or catalyst deactivation may 
have occurred. 
2.3. Tiamlation of cooled tubular reactor data into 
kinetic data 
Kinetic data at inlet conditions can be obtained in 
an isothermal integral reactor by measuring the con- 
version over the bed at varying space velocities F”/ W 
[18]. In Ref. [12] a survey of this method is given 
which has successfully been employed by Frankaerts 
and Froment [19] to determine the kinetics of the 
dehydrogenation of ethanol. The initial reaction rates 
in the catalyst bed are determined by extrapolating the 
experimentally obtained conversion vs. W/F0 curves to 
a zero residence time: 
Ro dx [ 1 4 W/F’> W/P = o (1) 
In Ref. [19] experimental dx/d( W/Fe) data have been 
evaluated with Newton’s interpolation method. Sys- 
tematic and separate variations in pressure and feed 
composition give the desired orthogonality, meaning 
that the effect of each parameter can be determined 
independently without interference of concurrent 
changes in other parameters. In addition to “pure” 
feed in which only reactants are present they also have 
used “mixed” feed, containing reactants and products. 
This way of analysing kinetic data can be qualified as 
a differential evaluation of integral reactor data [5]. 
Also here experiments at several mass flow rates have 
to be conducted for only one data point. An alterna- 
tive approach is to measure the axial concentration 
profile in the catalyst bed. The amount W of catalyst 
over a length z can be expressed as 
W= p,A,z 
Substitution of Eq. (2) into Eq. (1) results in 
(2) 
F” dx R,=--- - (3) 
Thus the initial reaction rate can be determined in one 
single experiment by differentiating the conversion vs. 
axial position curve at z = 0. In the special case of the 
selective oxidation of ethene two reactions occur, so 
two equations are necessary. The following equations 
can easily be derived from mass balances for ethene 
and carbon dioxide: 
dx, 
c-1 dz Z=. 
_ pbRTo Ro 
v,P” 2 (5) 
where v, is the superficial gas velocity at z = 0. The gas 
is assumed to be in plug flow; volume changes because 
of reaction, pressure drop and internal and external 
mass transfer resistances are neglected. In addition, 
reaction rates at the inlet are assumed to be constant 
over the radius. If the reactor operates isothermally 
and To = T, this is ensured. Also, for changing axial 
temperatures this method is applicable provided that 
the radial temperature profile at the inlet is flat. In 
that case there is no driving force for radial transport 
of heat, so the axial temperature gradient at the inlet 
can be expressed as follows: 
= -&(R:AH,+;R;AH,) (6) 
if axial dispersion of heat and internal and external 
heat transport resistances are absent. The temperature 
and concentration gradients at the inlet can be evalu- 
ated by extrapolation of experimental data to the inlet. 
An example is given in Fig. 1. Use of any two of the 
three equations (4), (5) and (6) is sufficient to obtain 
R, and R,. The third equation can be used as a check. 
Rate data obtained should not depend on the radial 
position chosen provided that the bed is really adia- 
batic. However, after the inlet, radial profiles develop 
and heat is transported in radial direction to the wall. 
Extrapolation of measured temperatures and concen- 
trations to the inlet will become difficult and inaccu- 
rate if a large amount of heat is transported in that 
direction. 
The method described has the following advantages. 
- Kinetic experiments are carried out with the same 
gases and in the same apparatus as used in other 
studies, Thus differences in catalyst activity between 
studies in different reactors are avoided. 
- Kinetic data can be obtained at low concentrations 
or in absence of reaction products. This is almost 
impossible in recycle studies. 
- Inlet conditions of temperature and concentration 
can be changed systematically and independently. In 
contrast to recycle studies, experimental design can 
be applied easily for this type of experiment. 
Disadvantages are that 
- a flat temperature profile at the inlet is necessary, 
- axial dispersion of heat and mass and external and 
internal resistances for heat and mass should be 
negligible, and 
- axial temperature and concentration profiles must be 
measured accurately. 
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3. Ethene epoxidation 3.1. Deactivation of the silver catalyst 
Numerous kinetic studies have been published on 
the epoxidation reaction of ethene over silver on a- 
alumina catalyst [8,11,20-231. There is no general 
agreement on the mechanism of the reactions. In Refs. 
[8,1 l] several rival kinetic models have been tested on 
the basis of their own experimental work. The 
parameters in the kinetic expressions have been deter- 
mined with the statisticai SIMUSOLV'~ package. A 
dual-site Langmuir-Hinshelwood type reaction rate 
expression has been chosen as the best kinetic model 
in both studies. All reaction products are observed to 
adsorb competitively on the active sites and to inhibit 
the reaction rates. For a detailed discussion of the 
existing literature we refer to Ref. [8]. Here we will 
only discuss some causes of the deactivation of the 
silver catalyst because of their relevance for explaining 
At higher temperatures the catalyst will deactivate 
because of sintering. In our case, silver atoms or silver 
oxide molecules become mobile and form larger clusters 
with a reduced activity [16]. A high temperature in 
combination with a high concentration of carbon diox- 
ide also leads to deactivation because of irreversible 
deposition of carbonates on the catalyst surface [24]. 
The small active surface area of the silver catalyst of 
around 1 m* g-l makes it very sensitive to poisoning. 
Elements more electronegative than oxygen such as 
selenium, sulphur, chlorine and fluorine become bound 
to the catalyst surface and lower the bond strength of 
reactive oxygen on the surface [22]. Gas phase concen- 
trations in the order of a few parts per million of the 
elements mentioned already decrease the catalyst activ- 
ity [25-281. At even lower concentrations of these 
elements more favourable conditions are obtained, be- 
cause the selectivity towards ethene oxide increases, 
although at the same time the activity decreases. This is 
known as “selective poisoning” of the catalyst. In in- 
dustrial practice some chlorine-containing component 
such as HCl is deliberately added to the reactor feed. 
1,2-dichloroethane (DCE) is also often used because it 
decomposes into, inter alia, HCl, which is adsorbed on 
the catalyst surface [29]. In some publications it is 
claimed that the amount of chlorine adsorbed on the 
surface is influenced by the presence of a scavenger in 
the gas phase [29]. This scavenger probably promotes 
the removal of chlorine atoms from the catalytic sur- 
face, so larger concentrations of chIorine can be used 
without the catalyst activity being reduced. 
the results. 
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Fig. 1. Polynomial approximation (a) of the concentration pro- 
files for ethene and carbon dioxide and (b) for the axial tem- 
perature profile. Conditions are P = 0.5 MPa, r, = 465 K, 
4, = 0.83 kgmd2 S-I and xE,in = 0.5 mol.%. The slopes at z = 0 are 
also shown. 
4. Experimental details 
In our experimental work the reactions are carried 
out with ethene in an excess of air and industrial silver 
on a-alumina Raschig ring as catalyst. No details of the 
catalyst formulation will be given because of confiden- 
tiality reasons. The catalyst particle has an outer diame- 
ter of around 8.4 mm, an inner diameter of around 
3.0 mm and a height of around 8.5 mm. The effective 
diameter, defined as 6V,/A,, is 6.15 mm and the mean 
density of the porous particles is 1800 kg mU3. 
4.1. Equiment 
Three reactors have been used to determine the kinet- 
ics of the ethene oxidation: an internal recycle reactor 
with a design similar to that in Ref. [3], a new type of 
gradientless reactor we have developed in our laborato- 
ries, also known as the Bobo reactor [6], and a cooled 
tubular reactor [30]. A brief description of each reactor 
will follow. 
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Fig. 2. The three reactors used for the determination of the reaction 
kinetics: W, 0, location of gas temperature sensor; 0, location of 
catalyst temperature sensor; --f, sample point; (a) the Berty-type 
internal recycle reactor; (b) the novel perfectly mixed Bobo reactor; 
(c) the cooled tubular reactor. 
Berty-type recycle seactor 4.2. Reactor feed 
Catalyst particles with a total mass of 40.2 g have 
been placed in a basket positioned in the middle of a 
0.5 1 reactor (Fig. 2(a)). A magnetically driven impeller 
in the bottom of the reactor recycles the gas over the 
catalyst bed. Catalyst pellet temperatures at the inlet 
and the outlet of the catalyst bed are measured to check 
for possible temperature gradients over the bed [30]. 
The gas temperature at the inlet ,has been measured 
with a third thermocouple to check whether interphase 
heat transport resistances are present. Temperature 
differences between the inlet and the outlet of the bed 
and between catalyst and gas never have exceeded 2 K 
in all our experiments. The rotational speed of the 
impeller is limited to 1800 rev min-‘. The magnitude of 
the recycle gas flow is unknown [lo]. 
Premixed gases, consisting of air and ethene, have 
been used in an early stage of our kinetic studies. After 
some contradictory results using gas of different 
sources, it has been decided to ‘purify ambient air and 
further to use pure ethene as supplied in bottles [8]. The 
purified air has a dew point below 0 “C, contains less 
than 3 I-18 mm3 of oil and does not contain particles 
larger than 0.01 pm. Carbon dioxide and other contam- 
inants if present could not be detected. The ethene has 
a purity of 99.9 mol.%. In Table 2 the composition of 
the ethene is given. We once analysed a bottle of ethene 
and found a concentration of 182 ppm ethane and less 
than 10 ppm acetylene. If idle, the reactors are flushed 
permanently at reaction temperature with 99.999 mol.% 
Bobo secycle reactor 
A novel perfectly mixed reactor has been developed 
in our laboratories to avoid the mechanical problems 
pertinent to Berty-type reactors and possible falsifica- 
tion of the obtained reaction rate expressions because 
of too low recycle ratios [6]. Perfect mixing is achieved 
by circulating the gas in a well-streamlined enclosure 
with an axial flow impeller (Fig. 2(b)). The impeller has 
bearings in both the top and the bottom part of the 
reactor. The catalyst pellets are fixed between grids in 
rectangular openings in the impeller blades. Velocity 
differences between catalyst and gas are large and con- 
sequently external heat and mass transport is fast. On 
each of the three blades only a limited number of 
catalyst particles can be placed. Another catalyst parti- 
cle is fixed on a K-type thermocouple located in the 
housing near the wall to measure catalyst temperatures 
under worse transfer conditions than in the impeller 
itself. Two other thermocouples measure the gas tem- 
perature in the reactor. The volume of the apparatus is 
approximately 3.3 1 and in our experiments 19 pellets 
with a t&al mass of 12.9 g have been used. 
Cooled tubular react01 
Experiments have been performed in a packed tube 
with an internal diameter of 53 mm (Fig. 2(c)). The 
tube is packed with catalyst over a length of about 
0.50 m. The concentration and the radial temperature 
profiles are measured at several axial locations in ‘the 
tube. Inert layers have been placed before and after the 
catalyst bed to ensure that temperature and velocity 
profiles in the catalyst bed are fully developed. Excess 
air is mixed with ethene, preheated and led to the 
catalyst bed in the tube and cooled via the wall by 
boiling water under pressure. The wall temperature 
remains uniform over the entire length of the bed in all 
experiments. The installation has been designed in such 
a way that the bed inlet temperature profile is flat and 
equal to the wall temperature. 
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Table 2 
Composition of the ethene used in the kinetic studies as supplied bq 
Hoek Loos 
Ethene 
Methane f  ethane 
Acetylene 
Carbon dioxide 
Water 
Oxygen 
Carbon monoxide 
99.9 mol.% 
< 700 ppm 
< 50 ppm 
< 20 ppm 
<lOppm 
<5ppm 
<2ppm 
nitrogen. The concentrations of ethene and carbon 
dioxide in the feed and in the effluent have been mea- 
sured with a gas chromatograph and the carbon dioxide 
concentration also on line with an IR spectrometer. 
The concentration of reaction products varies with 
the conversion; the partial pressures of carbon dioxide 
and water always remain strictly equal to each other if 
they are not already added to the feed, because at 
combustion each molecule of ethene converted to CO, 
and H,O yields two molecules of both products. In 
certain experiments CO2 of a purity of 99.97 mol.% has 
been added to the feed to vary the ratio of CO, to H20. 
In the cooled tubular reactor vaporized demineralized 
water, carbon dioxide and/or ethene oxide have been 
added to the feed to study separately the influence of 
each product. Experiments with addition of ethene 
oxide have not been successful as reported in Ref. [8]. 
In some experiments to study poisoning we have 
added small amounts of DCE as a model substance to 
the feed using a low capacity mass flow controller 
regulating the flow of a nitrogen stream containing 
100 ppm DCE. During periods of reactor idleness it has 
been ensured that DCE is present in the same concen- 
tration as at reaction conditions by adding DCE to the 
nitrogen. The concentrations of DCE used in the ki- 
netic experiments have been 0.07 and 0.10 ppm. 
4.3. Interpretation of kinetic data 
The activity of the catalyst in the three reactors has 
been regularly checked at intervals by performing a 
standard experiment. Both recycle reactors are consid- 
ered to be isothermal and ideally mixed for the inter- 
pretation of the data. Falsification of data occurs if the 
real conditions in the kinetic reactors deviate from the 
conditions assumed in the reactor model. In Appendix 
A we show that falsification may occur in our case 
because of temperature gradients over the catalyst bed. 
The kinetic data of the cooled tubular reactor have 
been interpreted with the method discussed before. 
Temperatures and concentrations measured in the cen- 
tre of the tube at the inlet, at z = 50 mm and at 
z = 100 mm are used to derive second-order polynomial 
equations to approximate the axial profiles (see Fig. 1). 
These equations are differentiated analytically with re- 
spect to z and the derivative at z = 0 is calculated to be 
used in Eqs. (4) and (6) for determining the reaction 
rates. The results obtained with Eq. (5) are used for 
comparison only because the analytical accuracy of the 
CO, concentration is low. 
5. Results and discussion 
5.1. Activation of the catalyst 
The catalyst activity must be stable and reproducible 
for kinetic experiments. Therefore one large batch of 
catalyst has been activated as long as necessary to reach 
a stable activity and selectivity. The activation proce- 
dure consists of operating the cooled tubular reactor at 
a wall temperature of 465 K, a reactor pressure of 
0.5 MPa, a concentration in the feed of 0.8 mol.% 
ethene and a mass flux of 0.83 kg mm2 s-l. We deter- 
mine the reactor conversion and selectivity as a func- 
tion of time at the beginning and the end of each day. 
The catalyst particles have been mixed after reaching a 
steady state and have been used in all our kinetic 
experiments. This ensures compatibility of the catalyst 
for the different kinetic studies. Two more batches have 
been activated in the same way to check whether the 
activation procedure is reproducible: results are shown 
in Figs. 3(a) and 3(b). On the vertical axis the moving 
averages of the conversion and the selectivity respec- 
tively are shown; this average is taken of each experi- 
mental result and the four previous experimental 
results. Initially the activity and selectivity decrease; 
then the activity slowly increases and eventually reaches 
a final conversion level of about 0.40 after about 170 h 
and a selectivity of about 0.60 already after about 75 h. 
There is no difference between the three activated 
batches within the experimental error; the steady state 
is reached somewhat later in activation 2. Sometimes 
the activity increases after a period of reactor idleness 
and flushing with nitrogen but most of the time the 
activity remains the same between experiments. 
Pretreatment methods have not been discussed in 
sufficient detail in literature to allow a comparison, as 
already mentioned in Ref. [21]. In the following we will 
discuss available information on pretreatment. In Refs. 
[27,31] only a high sensitivity of their catalyst to the 
method of preparation and of pretreatment was re- 
ported. In Ref. [32] the authors treated a commercial 
silver catalyst for approximately 150 h before they 
started the measurements. They exposed the catalyst for 
10 h to oxygen at 573 K and flushed the system’ with 
nitrogen at room temperature followed by 10 h of 
reaction and repeated this procedure for 10 consecutive 
days. Next the catalyst is treated for another 24 h with 
oxygen at 573 K. After flushing the system again with 
nitrogen, a reaction mixture is fed to the catalyst con- 
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Fig. 3. (a) Conversion and (b) selectivity over the catalyst bed vs. time 
during the activation of the catalyst at T, =465 K, P= 0.5 MPa, 
.x,,~, = 0.8 mol.% and 4, = 0.83 kg m-* s-l. The experimental points 
have been averaged with a moving average technique. 
taining 4 mol.% ethene and 8 mol.% oxygen with the 
balance being nitrogen; the conversion has been ob- 
served to increase in an oscillatory way from 6% after 
2 h to 46% after 106 h. In Ref. [33] several activation 
procedures were studied. In one experiment the authors 
exposed the catalyst to pure oxygen at 523 K, flushed 
with nitrogen and pretreated with different concentra- 
tions of ethene. The pretreated catalyst exhibits an 
initial reduction in activity, followed by a gradual rise 
to a steady state in a few hours. In Ref. [22] a steady 
state was obtained in 7 h by treating a fresh catalyst 
with a reaction mixture at a temperature of 533 K. 
We suppose during activation that deposits of chemi- 
cals used in catalyst preparation, such as amines, may 
be removed, promoters distributed more uniformly over 
the catalyst surface and silver transformed to the 
proper oxidation state. However, we cannot explain 
why it is necessary to condition the catalyst for such a 
long time in our case. 
The results of the kinetic experiments are reported in 
Ref. [8]. Regretfully kinetic parameter values differ in 
the fitting to the three data sets obtained in the three 
different kinetic reactors. Fitting of all data simulta- 
neously results in much larger average errors and to 
deviating tendencies in parity plots. To some extent the 
discrepancies may be explained by a different range of 
partial pressures covered in the experimental series in 
the different reactors. Another reason might be the 
deactivation of the catalyst during some of our kinetic 
experiments: if we compare experiments in the cooled 
tubular reactor at equal operating conditions measured 
successively in time (Fig. 4), it can be observed that the 
maximum temperature in the reactor becomes lower and 
shifts further downstream into the reactor. This obser- 
vation may be attributed to deactivation of the catalyst. 
Within the experimental error conversions over the 
reactor remain almost unchanged which may be ex- 
plained by locally higher reaction rates further in the 
deactivated bed in view of higher ethene concentrations. 
In the following section some tests will be discussed 
which we have done to study possible deactivation 
(4 
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Fig. 4. Catalyst temperatures in the axis of the cooled tubular reactor 
at (a) 0.5 mol.% and (b) 0.9 mol.% ethene concentration in the feed. 
Conditions were T,, = 466 K, 4, = 0.83 kg mm2 s-’ and P = 0.5 MPa. 
The numbering is in the sequence of time: exp. 5 has therefore been 
executed after exp. 4, exp. 3 after exp. 2 and exp. 2 after exp. 1. 
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behaviour of the catalyst. In the course of our kinetic 
study we also encountered some cases in which the 
catalyst appeared to be sensitive to the presence of 
certain undesired components in the reactor. We will 
also report on these cases. 
5.2. Deactivation of the catalyst 
We exposed the catalyst in the Berty-type recycle 
reactor to higher temperatures for a longer period. A 
temperature of 543 K was chosen as this is the maxi- 
mum allowable temperature in the cooled tubular reac- 
tor: even higher temperatures will damage the 
temperature-resistant plastic spokes of the thermocou- 
ple frame inside the cooled tubular reactor [30]. Both at 
reaction conditions as well as at idleness under flushing 
with nitrogen, a temperature of 543 K was maintained 
in the Berty reactor. In the course of an experiment the 
composition of the reaction mixture changed although 
the inlet concentrations remained fixed which must be 
attributed to a gradually decreasing catalyst activity. 
This changing composition has an influence on the 
reaction rates. To separate the effect of the changing 
composition from the effect of the deactivation itself we 
have plotted in Fig. 5(a) on the vertical axis the ratio of 
the experimentally obtained reaction rate and the reac- 
tion rate calculated with the obtained kinetic rate ex- 
pression on the basis of the measured reaction mixture 
composition. Thus we correct the reaction rates for the 
changing reaction mixture composition and, by doing 
so, are able to attribute the decrease in the defined ratio 
to only deactivation of the catalyst. The reaction rates 
drop about 25% in the first 50 h, after which a much 
smaller decline for the epoxidation reaction is found 
and an almost stable reaction rate for the total combus- 
tion reaction, There are two possible explanations for 
the deactivation: sintering can be expected to occur 
both at reaction conditions as well as during periods of 
idleness, while irreversible deposition of carbonates will 
only occur during reaction. The scatter in the experi- 
mental results in Fig. 5(a) is so large that it cannot be 
determined which of the two explanations is correct. 
The catalyst has been shown to be sensitive to 
fluorine: after start-up of the Bobo reactor an activity 
decrease has been observed both at reaction conditions 
as well as during periods of idleness, which excludes 
deactivation by contaminants in the feed (see Fig. 5(b)). 
Traces of fluorine have been detected on the catalyst 
surface which most probably originate from a Teflontm 
gasket. We assume this fluorine to poison the catalyst. 
After changing to a copper gasket no such decline 
occurred any more. 
In other experiments the catalyst is also deactivated 
but only at reaction conditions (Fig. 5(c)). Small silica 
particles have been found on the catalyst surface, prob- 
ably originating from a molecular sieve installed ini- 
tially in the feed system to clean the air. The molecular 
sieve has been removed and a filter system consisting of 
two oil filters, a dust filter, an adsorption dryer and an 
active coal filter have been installed; for further details, 
see Ref. [30]. In Fig. 5(d) the conversion and selectivity 
are shown as measured during the gathering of kinetic 
data: the deactivation is much smaller than in Figs. 
5(a), 5(b) and 5(c) although still a small decrease in 
conversion can be observed. 
Deliberate addition of small amounts of DCE also 
leads to catalyst deactivation in the Berty type recycle 
reactor (see Fig. 5(e)) and simultaneously to a selectivity 
increase. No steady state could be reached before full 
deactivation. This is in contrast to the literature, where 
a steady state activity at larger concentrations of DCE 
than we used has been observed in, for example, Refs. 
[28,29]. We did not succeed in restoring the catalyst 
activity after stopping the DCE supply and feeding a 
standard reaction mixture of air and ethene over the 
catalyst. A possible explanation might be that the ethene 
we use has a composition different from industry and 
probably also from other studies. In particular, the 
absence of ethane may be important because ethane has 
been described as a chlorine scavenger 1341. The same 
explanation was given in Ref. [34] for problems in an 
industrial ethene oxide process in which very pure 
ethene was used: control problems and a catalyst deac- 
tivation at moderate concentrations of DCE might also 
be explained by the absence of ethane. To check this 
hypothesis we have poisoned the catalyst in the Bobo 
recycle reactor with chlorine to a level of 50% activity 
decrease and regenerated with a standard reaction mix- 
ture containing 0.1 mol.% ethane and no DCE (see Fig. 
5(f)). The catalyst activity has been fully restored within 
60 h. Thus ethene probably strips chlorine from the 
catalytic surface. Moreover, the final catalyst activity to 
carbon dioxide and water became even higher than 
100% of the original activity. We may explain this by 
some amount of poison present on the catalyst surface 
already at the start of the experiment, which is also 
removed by ethane and would not necessarily be chlo- 
rine. So some amount of poison may also have been 
present in one or more reactors during the kinetic study 
and influenced the kinetic expressions which have been 
obtained. This may be an explanation for the discrepan- 
cies which have been found between the kinetic studies 
performed in the different laboratory reactors [8]. 
6. Conclusions and recommendations 
Conclusions are given regarding the determination of 
kinetics of heterogeneously catalysed reactions in gen- 
eral as well as to the selective oxidation of ethene. 
No laboratory reactor is ideal for determining kinet- 
ics. In each particular case the best kinetic reactor 
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should be chosen carefully depending on considerations in the reactor, ease of interpretation of data, possibility 
such as heat effect of the reactions, sensitivity of the to determine the influence of parameters separately and 
catalyst for poisoning, operating regime, flow patterns possibility of experimental design. Sometimes a combi- 
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nation of reactors should be considered because the 
operating regime may be enlarged and to check for 
falsification of data and/or catalyst deactivation, In 
many cases a recycle reactor is the appropriate choice 
provided that the recycle ratio is high enough. If this 
reactor type is used we advise control of the outlet 
conditions. This can be achieved by adjusting the feed 
flows of reactants and products independently. We also 
advise measurement of temperatures of the catalyst at 
the inlet and outlet as well as the gas temperature. 
Falsification of data will occur if significant gradients are 
present. Further, a method has been discussed to obtain 
kinetics from cooled tubular reactor data. The main 
advantage of the method is it allows for a systematic 
study of the influence of a parameter without interfer- 
ence with concurrent changes in other parameters. 
The silver catalyst we used for the ethene epoxidation 
has to be activated for about 170 h before the activity 
becomes constant. Poisoning of the catalyst was found 
to occur by the presence of fluorine, silica and small 
concentrations of DCE in the reactor. A considerable 
deactivation has been found at the maximum tempera- 
ture of 543 K although the activity decrease became 
much smaller after a period of 50 h. The presence of 
small concentrations of ethane was found to reverse the 
deactivation caused by DCE, possibly because it strips 
chlorine from the catalyst surface. A possible continua- 
tion would be to add ethane during the kinetic experi- 
ments to make the catalyst less sensitive to poisoning. 
An aspect still to be studied is whether the kinetics with 
addition of ethane would be identical in case no ethane 
is added. A considerable effort had to be put into 
checking the inertness of materials in the experimental 
set-up and the possible presence of poisons in feed 
streams. Discrepancies may still be obtained in results 
from different reactors because of the large sensitivity 
of the catalyst to a very small concentration of contam- 
inants. 
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Appendix A: Falsification of kinetic data obtained in a 
recycle reactor for the ethene epoxidation 
The presumed absence of temperature and concentra- 
tion gradients in internal recycle reactors makes the 
interpretation of experimental data easy when com- 
pared with data determined in tubular reactors. How- 
ever, if the recycle ratio in an internal recycle reactor is 
too low, temperature and concentration gradients may 
develop over the catalyst bed, leading to errors if an 
interpretation is made as if no gradients were present. 
We define a falsification ratio f as the ratio between the 
actual reaction rate and the reaction rate according to 
the outlet conditions in the kinetic reactor. For exother- 
mic reactions the reaction rate in the catalyst bed 
changes as a result of the increase in temperature and 
the decrease in concentrations along the length of the 
bed. The actual reaction rate is an average of the local 
reaction rates in the catalyst bed (Fig. Al). For no 
gradients in the bed this averaging will yield the same 
reaction rate as at the outlet and f will equal 1, accord- 
ing to 
lb is the conversion over the catalyst bed. This conver- 
sion cb can be calculated if the total conversion [,,, and 
the recycle ratio RR are known: 
1 
lb = U - L,,>/Ltl RR + 1 
For RR = 1 the bed conversion equals the total 
conversion and the recycle reactor operates as an 
integral reactor, while for RR = cc the bed conver- 
sion becomes zero and the reactor is truly perfectly 
mixed. 
In the case of the ethene oxidation two falsification 
ratios are defined: one for the epoxidation reaction 
and one for the total combustion reaction. Calcu- 
lated falsification ratios J;: in an internal recycle reactor 
for a feed consisting of 1.0 mol.% ethene in air are 
given in Fig. A2. Conditions are a pressure of 
0.5 MPa and an outlet temperature of 500 K. Kinetics 
and parameter values for the physical constants can be 
found in Ref. [30]. The falsification ratio f is lower 
than 1 for lower conversions because the temperature 
increases over the catalyst bed. This effect is more 
pronounced for reaction 2 as caused by the higher 
activation energy. The falsification ratio also may be- 
recycle stream 
Fig. Al. Schematic representation of an internal recycle reactor. 
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Fig. A2. Falsification ratio in an internal recycle reactor for the 
ethene epoxidation for the following conditions: +in = 1.0 mol.%, 
P = 0.5 MPa and r,,, = 500 K; curves 1, epoxidation; curves 2, total 
combustion. 
come larger than 1, because the reaction mixture com- 
position gives higher reaction rates at the entrance of 
the bed than at the outlet. This effect is dominating 
over the effect of temperature at higher conversions. 
We have estimated the recycle flow rate for the 
Bobo reactor and for the Berty-type reactor, yielding 
recycle flow rates of 2.8 x 10V3 m3 s-l and 1.4 x 
10V4 m3 s-l respectively; see Ref. [6]. These values 
give only an order of magnitude because no good 
empirical relations are available for determining the 
recycle flow. A representative inlet flow rate is about 
1.0 N 1-l min-l, so recycle ratios are about 500 in the 
Bobo reactor and 25 in the Berty reactor for the 
conditions as mentioned before. In Fig. A2 it can be 
seen that for these recycle ratios conversions must be 
kept below 0.97 for the Bobo reactor and below 0.80 
for the Berty reactor. 
Appendix A: Nomenclature PI 
F 
AH 
P 
R 
R 
RR 
T 
4 
W 
x 
Z 
area (m’) 
falsification ratio 
molar flow rate (mol s-l) 
heat of reaction or of adsorption (J mol-‘) 
pressure (Pa) 
production rate (molj produced (s kg catalyst)-‘) 
gas constant (8.31 J (mol K)-‘) 
recycle ratio 
temperature (K) 
superficial velocity (m s-l) 
amount of catalyst (kg) 
mole fraction 
axial coordinate (m) 
Greek symbols 
i conversion 
P de’nsity (kg mH3) 
An mass flux (kg (m2 s)- ‘) 
Subscsipts and superscripts 
b 
C 
talc 
E 
exp 
g 
in 
j 
out 
W 
0 
1 
2 
bed 
carbon dioxide 
calculated 
ethene 
experimental 
gas 
inlet 
of component j 
outlet 
tube 
wall 
inlet conditions 
epoxidation reaction 
total combustion reaction 
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